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Methane aromatization is a promising technology for the transformation of natural gas
into liquid products, but suffers from the problem of catalyst deactivation by coke. A
two-zone fluidized bed reactor has been proposed as a tool to counteract the catalyst
deactivation, by providing continuous catalyst regeneration in the same vessel where
the main reaction is carried out. This work shows the effect of the main operating
conditions (carburization temperature, reaction temperature, carburization time, nature
of regenerating agent and feed flow and height of the hydrocarbon entry point). Optimal
reduction time and temperature were 1 h and 350◦C. Best conversion and selectivity
were achieved at 700◦C without catalyst deactivation in the TZFBR.
Keywords: methane aromatization, BTX, fluidized bed reactor, TZFBR, MoHZSM-5
INTRODUCTION
A problem for the use of methane from remote sources is the transportation from the reservoir,
because gas pipelines are only functional for relatively short distances. Since many deposits of
natural gas (NG) are in remote off-shore locations, in the mid-1990s investors started projects
that envisioned the building of floating liquid natural gas (LNG) facilities (Pospíšila et al., 2019).
British Petroleum (BP) forecasts that LNG will substitute pipeline gas as the most frequent form of
inter-regionally traded natural gas in the early 2020s (Schach and Madlener, 2018).
However, liquefaction is an energy-demanding process. When considering all steps (production
liquefaction, transport and regasification) the cost of liquefying and regasification represents about
40% of the process. To avoid these costs, gas transport in the form liquid substances at room
temperature has been proposed. These liquids are obtained with processes known as “gas to liquid”
(GTL), which transform methane, through chemical reactions, into a liquid fuel. One of the most
promising GTL processes is based on the aromatization of methane. From the first study of Wang
(Wang et al., 1993) research has been extensively carried out on this subject. However, achieving a
technologically viable process involves improvements in the catalyst, increases in conversions and
yields and stability of the process. Most of these investigations are collected in three reviews, those
of Ma et al. (2013), Mamonov et al. (2013), and (Majhi et al., 2013) . They show the large amount
of research, and therefore interest, in the methane aromatization reaction.
It is commonly accepted that Mo/ZSM-5 catalyst is the most efficient for this process
(Borry et al., 1999; Xu and Lin, 1999; Liu et al., 2006). The reaction takes place in
two periods: an induction period (activation of the catalyst) and another in which the
reaction of aromatization takes place. During the first period, a molybdenum carbide
is formed. Despite this not being the main reaction, it is very important since it
activates the catalyst to subsequently carry out the aromatization reaction. This period
of induction occurs during the first minutes of the reaction and is the time when the
active phase of the catalyst is formed (molybdenum carbide). In the second period we
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can distinguish the stages of methane activation, dimerization,
oligomerization, and cyclization. In the methane activation, the
first phenomenon that happens is the chemisorption of methane
on the metal, as indicated by Xu et al. (2003), although there
are authors who believe that methane adsorption is carried out
through interaction of this one with the OH groups of the zeolite
(Chen et al., 1996).
Once methane has been activated, the reaction to the other
products is immediate (Kim et al., 2000). The next step of the
reaction is the formation of the C2s (dimerization) which, as
well as the activation of the methane, takes place in the metal
part of the catalyst. The mechanism of this step is still under
discussion. Some authors propose CH∗3 as being responsible for
dimerization, either as CH+3 , CH
−
3 or CH3· (Chen et al., 1995;
Wang et al., 1995; Xie et al., 1995; Solymosi et al., 1997; Jiang et al.,
1999). In contrast, another study suggests that it is CH∗2 (Wang
et al., 1995) and others associate it with carbide or indicate it as
CH∗x (Liu et al., 1999; Meriaudeau et al., 1999; Zhou et al., 2000;
Ha et al., 2002; Xu et al., 2003; Wong et al., 2012).
After C2s formation, the next step is the formation of the
aromatic compounds. The rapid disappearance of C2s eliminates
the kinetic and thermodynamic limitations (Kim et al., 2000),
which favor the reaction going forward. This last stage no longer
occurs in molybdenum, but in acid sites of the zeolite. So, the
compounds formed on the metallic sites migrate toward the acid
centers of the zeolite (Liu et al., 1999, 2001). In this stage all
the authors agree that the acidity of the zeolite allows for an
increase in the chain length (oligomerization) and its subsequent
cyclization. The mechanisms of reaction in this stage are by
carbocations and by hydrogen transfer.
The formed C2s migrate toward the Brønsted acid center of
the zeolite, where they interact with the protons, so that each
proton passes from the acid center to one of the carbons forming
the carbocation (or carbenium ion) C2H
+
5 . The formation of
the carbocation is by physical adsorption of the hydrocarbon
by van der Waals interactions with the structure of the zeolite.
The alkenes increase the length of their chain within the zeolite
channels. Carbocations are joined in different reactions until
reaching C6H12, at which point there are two possible outcomes:
that it reacts with C2H
+
5 , formed in previous steps, so that after
its union it breaks, being responsible for C6H
+
11 and ethane; or by
protonation of C6H12 give C6H
+
11 and H2. In either case C6H
+
11
is obtained, which cyclizes instantaneously and, after successive
transfers of hydrogen and protolysis, forms benzene.
In addition to benzene, which is a majority product because its
geometry and size coincide with that of the zeolitic pore, toluene
and naphthalene are also observed. Toluene can be formed from
the methyl ion, formed in the initial steps, by reacting with
benzene. Naphtalene can be formed from the reaction of benzene
with the carbocation C4H
+
7 .
An important drawback to overcome in this process is the
formation of coke which deactivates the catalyst (at 700◦C the
selectivity to coke is close to 30%). The first type of carbonaceous
deposits comes from the activation of the catalyst, that is to
say, they are produced when the molybdenum is carburized.
In turn, during the carburization of molybdenum, two types
of carbonaceous deposits can be distinguished: the carbides
themselves and coke. Coke, unlike carbide, does not participate
in the reaction, on the contrary, it is carbon that is placed on the
catalyst preventing the reaction from being carried out. This type
of coke stays in the metal, blocking the first step of the reaction.
The second type of deposits occurs in oligomerization
processes and cyclization, while the hydrogen transfer stages and
protolysis take place. This coke also prevents the reaction, but
in the second step of it, and may be responsible for sealing the
pores of the zeolite. However, a small amount of this coke allows
a decrease in the presence of extremely acid centers that are
capable of decomposing hydrocarbons (Wang et al., 1997; Liu
et al., 1999).
Although deposits occur at two moments of the reaction and
in two different locations, there are three different types of coke:
a graphitic one located in the channels of the zeolite, a second
graphitic coke, located in the carbide, and finally one coke poor
in hydrogen (or pre-graphitic) located on the outer surface of
the catalyst particles. The hydrogen-poor coke (CHx) is formed
both on the metal carbides and on the zeolite, being the main
responsible for the catalyst deactivation (Xu et al., 2003).
The Two Zone Fluidized Bed Reactor (TZFBR) is an effective
way to counteract the effects of catalyst deactivation, as several
previous studies have proved in a variety of reactions (Herguido
et al., 2005; Herguido and Menéndez, 2017). In this type
of reactor, two zones are created in a fluidized bed by the
simple procedure of feeding into the hydrocarbon stream at an
intermediate point of the bed and placing an oxidizing stream
at the bottom of the reactor. The desired reaction and the coke
formation occur in the upper zone and the catalyst regeneration
in the lower zone. This reactor would be an advantageous
alternative to the operation in packed bed reactors, which would
need cyclic operations, with several reactors in parallel, some
of them being employed for the reaction while others are being
regenerated. If packed bed reactors were used, the operation
would be unsteady, which makes the downstream processing
more difficult. Another alternative is to use a circulating fluidized
bed, where the catalyst is regenerated in a fluidized bed and the
reaction is produced in another fluidized bed. This is a well-
known system, widely employed in FCC, but keeping the catalyst
circulation while avoiding the mixing of hydrocarbons and air
is a complex task. The comparison of a conventional fluidized
bed and the TZFBR for methane aromatization was made in a
previous study (Gimeno et al., 2010), where we found that a
stable operation was achieved. However, a study on the effect
of operating conditions was not presented. In the present work,
the TZFBR is proposed to carry out methane aromatization and
the optimal work conditions will be studied by modifying several
operation parameters.
MATERIALS AND METHODS
Catalyst Preparation
The catalyst employed in this work was ZSM-5/bentonite/Mo
with a mass ratio 70.7/23.6/5.67. The specific surface calculated
by BET method was 222 m2/g and the particle size between 160
and 320micrometers. More details about the preparationmethod
were presented in a previous paper (Lasobras et al., 2017). The
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need to incorporate a binder material such as bentonite is a
consequence of the small particle size of zeolite and the low
hardness that would cause attrition under fluidization conditions.
However, the zeolite-binder interaction can affect the structural
and textural properties of the zeolite andmodify the performance
(Michels et al., 2014). So, an optimization of this catalyst was
proposed with emphasis on the effects of thermal treatments
during the main stages of the preparation procedure (Lasobras
et al., 2017).
Two Zone Fluidized Bed Reactor
The fluidized bed reactor was a 27mm ID, 300mm long quartz
cylindrical tube equipped with a porous quartz distributor plate
located inside an electrical furnace. Reactants were fed usingmass
flow controllers (Alicat Scientific). The catalyst was reduced in
situ under a hydrogen flow at 350◦C or 450◦C for 6 h before
reaction. The operation ranges were as follows: temperature =
675–725◦C, catalyst weight= 12 g and relative gas velocity for the
fluidized bed reactor (ur = u0/umf) = 2–4. The exit gases of the
reactor were maintained at 200◦C in order to avoid condensation
of products and were analyzed with an online gas chromatograph
(Varian, CP 3,800). Benzene, toluene, xylene and naphthalene,
were separated using a VF-624ms capillary column (0.32mm
× 30m) and determined by a flame ionization detector (FID).
Unreacted methane, hydrogen, ethane, ethylene, acetylene, and
FIGURE 1 | Influence of the reduction temperature in methane aromatization
reaction (time on stream): (A) Methane conversion, (B) Selectivity to coke.
Operating conditions: Wcat = 12 g, CH4:O2:N2 = 70:1.5: 28.5%;
urlowerzone = 2.5 and T=700
◦C.
nitrogen were separated by a molecular sieve and analyzed by a
thermal conductivity detector (TCD). The total gas flow rate at
the reactor exit was measured with a bubble flowmeter.
Calculations
From the experimental data on total flow and composition of
the products, the conversion and selectivity to each product were
calculated with the following equations.
• Methane conversion
XCH4 =
FCH4 ,i − FCH4 ,o
FCH4 ,i
(1)
Where FCH4,i and FCH4,o are the molar flow of methane in the
input and output streams, respectively.
• Selectivity to product i
Si =
nC∗Fi
FCH4,i − FCH4 ,o
.100 (2)
Where Fi is the molar flow of product i in the exit stream and nC
is the number of carbon atoms in this product.
In this article we will discuss mainly the selectivity to benzene,
which is the main aromatic product. The selectivity to other
products (xylene, naphthalene, ethane, ethane, and acetylene) is
given in Supplementary Information.
In the case of TZFBR with CO2 as regenerating gas, the
selectivity to CO is divided by two, in order to account for the fact
that two molecules of CO are formed when CO2 gasifies coke.
The selectivity to coke was calculated by difference in the
carbon balance. This value was checked by measuring the
amount of coke formed in each experiment, which was calculated
from the amount of CO and CO2 formed during the catalyst
regeneration. We found that the difference between the amount
of coke calculated by carbon balance and by measuring the gases
formed during regeneration was small (typically <10%). This
result confirms the feasibility of using the carbon balance to
estimate the selectivity to coke.
Reproducibility was checked by repeated experiments under
the same operating conditions and the difference between the
mean values of benzene yield was smaller than 0.05%.
RESULTS AND DISCUSSION
Effect of Reduction Temperature
The effect of the reduction temperature was tested for two
temperatures: 350 and 450◦C (Figure 1).
Both conversion and selectivity to benzene were similar at
both temperatures. However, the selectivity to coke was slightly
higher at 450◦C. This can be due to an excessive reduction of
molybdenum oxide at 450◦C, which causes a greater tendency
to the formation of coke. If the reduction temperature was
excessive and Mo◦ was obtained, it would explain this behavior,
since metallic molybdenum is actively leading to conversion of
methane, but into coke and hydrogen (Solymosi et al., 1997).
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Effect of Reaction Temperature
The reaction temperature is a very important parameter since it
affects both the thermodynamics and the kinetics of the reaction
and, therefore, the conversion and selectivity to desired (benzene)
and undesired (coke) products. The reached conversion was very
similar for the two higher temperatures, but this performance
decreased at 650◦C (Figure 2). Taking into account the values
of the equilibrium, the value at 725◦C should be higher than
at 700◦C and this higher than at 675◦C. The fact that there
was almost no difference between the first two can be due to
the catalyst deactivation. The catalyst deactivation is due to
the coke deposition, a reaction that is favored by increasing
the temperature.
Effect of Carburization Time
Carburization is a phenomenon that always occurs in methane
aromatization, being its starting point, since it gives rise to active
species responsible for the reaction. In the case of the two-
zone reactor it is necessary to provide a period of time for the
formation of carbides. This period of carburization is the time
in which the reaction is carried out without introducing oxidant,
so that methane can react forming carbides, without removing
them by the oxidizing agent. Only carbon oxides were formed
in experiments where we had not any carburization time before
starting to feed oxygen to the TZFBR. It is foreseeable that there is
an optimal time prior to the incorporation of the oxidant into the
reaction since with very short periods of time would not allow the
FIGURE 2 | Influence of temperature on methane aromatization reaction (time
on stream): (A) Methane conversion, (B) Selectivity to benzene. Operating
conditions: Wcat = 12 g, CH4:O2:N2 = 70: 0.5:29.5; urlowerzone = 2.
Equilibrium conversion, considering only the methane to benzene reaction, is
c.a. 9.8% at 675◦C, 12% at 700◦C and 14% at 725◦C.
formation of carbides, but long times would cause the catalyst to
be excessively deactivated by coke formation. Figure 3 shows the
results obtained with different carburization times. In our results,
the best performance was achieved with the largest carburization
time (60min). In addition, we analyzed the formation of CO
during carburization, which is due to the reduction of Mo oxides.
We found that the CO formation rate was very low (<10% of
the initial value) after 1 h, which suggests that carburization was
almost complete after this time.
Effect of Type of Regeneration Agent
The type of regenerating agent being fed is one of the most
important parameters in TZFBR, since its proper functioning will
depend on its capacity to regenerate the catalyst. Oxygen and
carbon dioxide have been studied as oxidizing agents. O2 reacts
faster with coke than CO2, which is good for the elimination
of the coke deposited on the catalyst. But if this oxidation is
excessive the metallic carbides formed in the first stage would be
eliminated, so that one of the active phases of the catalyst would
be lost.
The comparison is made under the same conditions, but with
different percentage of oxidant. This is because, according to
the stoichiometry, in order to eliminate the same amount of
coke with O2 as with CO2, we need to double the amount of
the second.
Oxygen is more reactive than CO2, so it is completely
consumed when it comes into contact with the formed coke
giving rise to CO. The CO formed in either of the two
processes, despite being an inert species, seems to have a catalyst
stabilization function (Ohnishi et al., 1999). Figure 4 shows that,
although both have the same regenerative capacity according to
stoichiometry, oxygen was a better regenerating gas than CO2. By
regenerating the catalyst better, the conversion is greater, since
the catalyst is more active. As for the selectivity, it was also higher
for the case of O2.
There are discrepancies in the literature on the effects of CO2.
Some authors find that benzene selectivity is favored by the
addition of CO2 (Ohnishi et al., 1999), but others (Liu et al., 2002)
observe that the selectivity decreases. In the case of TZFBR, the
worsening could be due to a low conversion of CO2 in the lower
zone, reaching the top of the two-zone reactor, where it would
react with CH4 producing CO and H2. A similar behavior was
described by Tan et al. (2002) in the case of a fixed bed, a fact
that would explain why the reactor maintains a good conversion
and low selectivity to benzene. Cook et al. (2009) observed that
in a fluidized bed reactor there was no improvement with the
CO2 co-fed or even a detriment of performance, which is in
agreement with our results. Whether CO comes from the coke,
or from the aforementioned reaction is something that, a priori,
cannot be distinguished. In order to know the CO origin, CO2
(5%) was fed through a bed of coked catalyst with an ur = 3.4
at reaction temperature (700◦C). The result was that part of the
CO2 did not react, which is indicative of the fact that the parallel
reactions of coke gasification and methane reforming with CO2
(dry reforming) can occur in the TZFBR. Although molybdenum
carbide is a catalyst for dry reforming of methane (Brungs et al.,
2000), we found that the selectivity to CO was similar when
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FIGURE 3 | Influence of the carburization period (time on stream): (A)
Methane conversion, (B) Selectivity to benzene. Operating conditions:
Wcat = 18 g, CH4:O2:N2 = 70:29.25:0.75, urlowerzone =2, urupperzone = 6.7
and T = 700◦C.
CO2 was used as regenerating agent (68%) and when O2 was
used (62%). This results also indicate that the contribution of dry
reforming to methane conversion in TZFBR was small.
Effect of Feed Flow
Since aromatics are secondary products, a decrease in the space
velocity favors the reaction and the selectivity to aromatics. By
lowering the flow we get lower space velocities. The decrease
in flow in a fixed-bed reactor is easy, however, in a fluidized
reactor, and more if it is a TZFBR, this variation has direct
influence on the reduced velocity (ur). If the reduced velocity
is <1.5, it could happen that, although the solid remains
in a fluidized state, there is not enough exchange of solids
between the reducing and oxidizing zones of the reactor.
Taking into account this limitation, several tests were made
at different ur, but always keeping the ur in the lower zone
above 2. The results are shown in Figure 5. The increase in
the space velocity decreased the conversion, as it is expected in
any reactor.
Taking into account that increasing the flow rate fed to the
reactor or the percentage of CH4 in the feed have similar effects,
the molar flow rate of methane was increased. In addition, by
increasing the flow, the formation of larger bubbles was observed
(Julián et al., 2012, 2014) and, therefore, the transfer of bubble-
emulsion matter will be slower, resulting in lower conversions.
It was observed that the selectivity to benzene decreased with a
FIGURE 4 | Influence of the oxidant type (time on stream): (A) Methane
conversion, (B) selectivity to benzene. Operating conditions: Wcat = 12 g,
CH4:O2:N2 = 70:2:28 and CH4:CO2:N2 = 70:4:26, urlowerzone =2.5,
urupperzone = 10.8 and T = 700
◦C.
high feed flow. An explanation for this decrease could be that
the separation between the oxidizing zone and the reducing zone
was lost. If the speed was too high, O2 could reach the upper
zone, leading to the combustion of methane, which implies an
increase in CO selectivity and a worse regeneration of the catalyst
with the consequent decrease in conversion and also, since the
yield to CO remains practically constant, a lower selectivity
to benzene.
Effect of the Height of the Methane
Feeding Point
The height of the rod (i.e., the point where methane is fed in
the TZFBR) is the distance between the porous plate and the
exit point of the methane through the rod. It directly influences
the amount of catalyst remaining in the regeneration zone
(between the plate and the end of the rod) and, by difference,
defines the amount of catalyst remaining in the reaction zone
(from the outlet of the rod to the top of the catalyst bed).
A small regeneration zone favors a greater reaction zone, and
therefore, a longer residence time in this last zone. On the
other hand, a small regeneration zone may be insufficient to
properly regenerate the catalyst, or the oxidant may reach the
reaction zone with all the drawbacks that this entails (higher
selectivity to CO by direct combustion of the reagent, low
selectivity to benzene and greater deactivation). If, on the
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FIGURE 5 | Influence of the variation of the feed flow (time on stream time).
(A) Methane conversion, (B) Selectivity to benzene. Operating conditions:
Wcat = 12 g, CH4:O2:N2 = 70:1.5:28.5 and T = 700
◦C.
contrary, the rod is too high, the amount of catalyst in the
reaction zone is little, which decreases the conversion and
selectivity to aromatics. In addition, in that situation there is
an excess of catalyst in the regeneration zone, which does not
actively participate in the reaction. Figure 6 shows the evolution
of the conversion and selectivity over time for heights of the rod
2.6 and 5.5 cm.
In both cases, the conversion was practically the same. In
contrast, the selectivity showed different behaviors. In the case
where the rod was at 2.6 cm there is a greater reaction zone. This
fact does not entail a greater conversion, as would be expected.
For the case of the rod at 5.5 cm, it is possible that the size
of the regeneration zone allows for the recovery of the catalyst
without any regenerating agent reaching the reaction zone, which
allows all the oxidant to be used in the catalyst regeneration
and not in the reaction with the hydrocarbons, thus improving
the regeneration process. The existence of a reduced velocity at
the entrance of the rod decreased the amount of C2s formed
due to the longer residence time, which allows its conversion
to benzene.
CONCLUSION
The main operational parameters for the aromatization reaction
with Mo/HZSM-5/bentonite catalyst in a TZFBR have been
studied. So, the optimal parameters for the catalyst reduction
with H2 before methane aromatization were: reduction at 350◦C
and a period of carburization of 60min. These conditions for the
FIGURE 6 | Influence of the variation of the height of the rod in the TZFBR
(time on stream): (A) Methane conversion, (B) Selectivity to benzene.
Operational conditions: Wcat = 14.5 g, CH4:CO2:N2 = 70:1:29, urlowerzone
=2.9, urupperzone = 5.6, and T = 700
◦C.
reduction and carburization steps allow for good conversions and
selectivity, without a great deactivation by formation of coke in
the reactor. On the other hand, the best conversion and selectivity
to aromatic products without deactivation of the catalyst were
achieved at 700◦C.
The effect of the oxidizing agent varied depending on the
species employed. O2 reacted quickly with the catalyst coke
producing CO. If O2 is in excess, it forms CO2 or can remove the
carbides. This reactivity prevents it from reaching the reaction
zone, which makes it a good regenerating gas. CO2 reaches
the reaction zone, something that was checked by passing CO2
through a coked bed and checking its existence in the exhaust
gases. If the CO2 in excess reaches the reaction zone, it can
inhibit the reaction. However, CO2 is not able to eliminate
carbides, so it might be of interest if the amount of coke
to be eliminated in the regeneration zone was small. The
effect of changing the space velocity has also been studied.
Increasing the flow rate leads to lower conversions and unstable
behavior. It has also been observed that very high velocities
can result in the oxidant reaching the reaction zone. The
height of the rod mainly influenced the methane conversion
since the amounts of catalyst in the reaction and regeneration
zones were altered. In summary, the most influential factor
when carrying out the reaction was the space velocity (or
the residence time), since it changes the conversion and the
product distribution.
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